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Influence of the gas distributor on the local hydrodynamic behavior
of an external loop airlift reactor
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Abstract

The local hydrodynamic behaviors, including the gas holdup, bubble size and bubble rise velocity were measured in an external loop
airlift reactor (EL-ALR) with two types of distributor—porous sinter plate and perforated plate, using an optic fiber probe. The radial and
axial evolutions of these parameters and the influence of the gas distributor on the flow hydrodynamics were studied. Core-peaking and
wall-peaking radial profiles of the gas holdup were found in the experiments corresponding to different bubble sizes. A mechanism model
based on the assumption of the equilibrium of lateral forces acting on a bubble was proposed to interpret the different radial profiles of the
gas holdup.
© 2004 Elsevier B.V. All rights reserved.
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1. Introduction

External loop airlift reactors (EL-ALRs), which can be
used in bioprocesses, waste water treatment and chemical in-
dustry, have become increasingly popular in recent decades.
Their advantages can be summarized as follows: simple con-
struction without internals or moving parts, good heat and
mass transfer capacity and good mixing properties with low
energy consumption as the gas phase in the reactor serves
the dual functions of aeration and agitation.

Although much work has been carried out in EL-ALRs,
the proper design and scale-up of an EL-ALR still remain
difficult due to the complex hydrodynamic behavior and
the remarkable influence of the reactor structures on the
hydrodynamics in a multiphase flow[1]. Work has been
done to investigate the influence of the cross-section ratio
of downcomer to riser[2,3], reactor height[1,4], gas–liquid
separator configuration[5], and gas distributor type and
location [6]. However, most of the previous work on
EL-ALRs, including those focusing on the hydrodynamics,
studied only the global parameters, such as the liquid cir-
culation velocity[7–10] and the average gas holdup in the
riser [11–14]. The local hydrodynamic behavior, which is
important for a better understanding of the reactor, was less
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investigated. Furthermore, the detailed experimental data
of the local hydrodynamics is essential for validating CFD
simulations.

Up to now, only Young et al.[15], Utiger et al.[16] and
Vial et al. [17] investigated the local hydrodynamics in an
EL-ALR. However, they did not obtain the wall-peaking
profile of gas holdup as in a vertical two-phase pipe flow
in which a porous plate distribution was used the gas flow
rate and the liquid flow rate could be controlled separately
[18,19]. The difference is attributed to the gas distributor
which has a remarkable influence on the hydrodynamics
in an airlift reactor[15,20]. Young et al.[15] used a ring
sparger with holes of 3.3 mm in diameter; Utiger et al.[16]
used eight parallel tubes pierced with 55 holes of 0.6 mm
in diameter, and Vial et al.[17] used a sparger with of 60
orifices of 1 mm in diameter. All these distributors did not
distribute the gas phase very well, therefore it is necessary to
use a porous distributor with much smaller holes to generate
small and uniform bubbles[22].

In this work, two different types of gas distributor, namely
a porous sinter plate and a perforated plate, were used to
study the influence of the distributor on the hydrodynamic
behavior. The local parameters of the gas phase, including
the radial and axial evolution of the gas holdup, bubble size,
and bubble rise velocity, were measured with an optic fiber
probe. A model was proposed based on the equilibrium of
the radial forces acting on a bubble to interpret the different
radial profiles of the gas holdup.
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Nomenclature

d diameter (m)
D diameter of the pipe (m)
Eo Eötvös number
Eod modified Eötvös number
F force per unit volume (N/m3)
h distance between probe holes and the

distributor (m)
k turbulent kinetic energy (m2/s2)
r radius (m)
R radius of the pipe (m)
Re Reynold number
u local velocity (m/s)
U superficial velocity (m/s)
y distance from the wall (m)

Greek symbols
ε energy dissipation (W m3)
εg gas holdup
µ viscosity (m2/s)
µh viscosity of pseudo-homogeneous phase

µh/µl = (1 + 0.5ψhs)/(1 − ψhs)
4 (m2/s)

ρ density (kg/m3)
ρh density of pseudo-homogeneous phase

ρh = ρlψhl + ρsψhs (kg/m3)
σ surface tension (N/m)
τ shear stress (N/m2)
ψhl liquid fraction of pseudo-homogeneous phase
ψhs gas fraction of pseudo-homogeneous phase

Subscripts
B bubble
D refer to the dispersion force
D, Eo refer to the Eötvös number dependent

dispersion force
g gas phase
H horizontal
l liquid phase
L refer to the lift force
W refer to the wall force

2. Experimental

The schematic diagram of the experimental setup is shown
in Fig. 1. The inner diameter and height of the riser were
0.230 and 4.8 m, respectively. The downcomer, which was
connected to the riser 0.2 m above the distributor, has an
inner diameter of 0.190 m. The height and diameter of the
top section were 0.960 and 0.480 m, respectively.

Air and tap water were used as the gas and liquid phases,
respectively. The air was introduced into the system through
a porous sinter distributor with holes of diameter 30�m
(case 1) or a perforated plate with holes of diameter 1 mm

Fig. 1. Schematic representation of the experimental airlift reactor.

and a holed ratio of 0.25% (case 2). The diameter of the
distributor is the same as the inner diameter of the riser. The
superficial gas velocity, based on the riser cross-section area,
varied from 0.008 to 0.032 m/s.

The optic fiber probe was fixed in the wall of the riser,
and was movable in the radial direction to measure the ra-
dial profiles of the gas holdup, bubble size and bubble rise
velocity. Experiments were carried at three different axial
positions of 0.8, 2.4 and 4.6 m above the gas distributor in
the riser.

3. Measuring techniques

The local gas holdup and the bubble behaviors were mea-
sured by a reflective fiber optic probe developed by Wang
et al.[23,24]. The probe consists of two parallel optic fibers
with a diameter of 62.5�m. Light reflection occurs at the
tip of the optic fibers. The intensity of the reflected light is
different when the probe fiber is in the liquid and in a gas
bubble. The detected signal is higher when the fiber is in the
gas phase. Due to the distance between the two fibers, the
output signal from the downstream fiber is a little delayed in
time compared to that from the upstream one. The delayed
time can be determined by means of the cross correlation
method, and the bubble rise velocity can then be calculated
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by dividing the distance between the two optic fibers by the
time delay. The bubble chord length is calculated by multi-
plying the bubble signal duration time and the bubble rise
velocity. The bubble chord length distribution is obtained
through statistical processing, which is transformed to get
the bubble size distribution[23]. The bubble frequency, lo-
cal gas holdup, distribution of the bubble size, and bubble
rise velocity are obtained by processing the output signal
through algorithms for signal identification, cross correla-
tion and distribution transformation.

4. Hydrodynamic model

Some investigations have been carried out concerning the
radial gas profiles in a vertical pipe flow[22,25–27]. Two
types of radial profile of the gas holdup, i.e. core-peaking and
wall-peaking, were reported. However, core-peaking profile
of the gas holdup was much more common, especially in
EL-ALRs.

In the present work, we modified the model by Lucas
et al. [28] to give a more precise and simple description of
the radial profiles of the gas holdup based on the assumption
of the equilibrium of the lateral forces acting on a bubble.
Three kinds of lateral forces were included: the transverse lift
force, the wall lubrication force and the turbulent dispersion
force.

It is well known that small bubbles are apt to flow in the
near-wall region and present a wall-peaking profile of the
gas holdup, whereas large bubbles tend to migrate to the core
region and form a core-peaking profile. The migration can
be explained with the transverse lift force model proposed
by Zun et al.[29] and improved by Tomiyama[30]:

FL = −CTρhUslip
dUl

dr
(1)

where

CT =




min[0.288 tanh(0.121Re),0.00105Eo3
d − 0.0159Eo2

d − 0.0204Eod + 0.474] forEod < 4

0.00105Eo3
d − 0.0159Eo2

d − 0.0204Eod + 0.474 for 4≤ Eod ≤ 10

−0.29 forEod > 10

(2)

Eod = g(ρh − ρg)dH

σ
(3)

dH = dB
3
√

1 + 0.163Eo0.757 (4)

where the Reynolds and Eötvös number are calculated by

Re= ρhUslipdB

µh
(5)

Eo = g(ρh − ρg)d
2
B

σ
(6)

Provided that only the lift force given byEq. (1) is con-
sidered, the small bubbles will pass through the pipe wall.
A certain constraint is therefore required to prevent the
bubble penetration. Antal et al.[31] proposed a wall force

that pushes bubbles locating in the near-wall region to-
ward the pipe center. Tomiyama[30] modified their model
and gave the constitutive equation for the wall force as
follows:

Fw = −Cw
dB

2

(
1

y2
− 1

(D− y)2

)
ρhU

2
slip (7)

Cw =
{

exp(−0.933Eo+ 0.179) for 1 ≤ Eo ≤ 5

0.007Eo+ 0.04 for 5≤ Eo ≤ 33
(8)

The turbulent dispersion force considers the smoothing of
the radial gas profiles caused by turbulence in a phasic dif-
fusion mechanism. Lahey et al.[32] derived an equation for
the turbulent dispersion force per unit volume as

FD = −0.1ρhk
dεg

dr
(9)

Lucas et al.[28] introduced the second turbulent dispersion
force to describe the fluctuating motion caused by the de-
formation of the bubbles:

FD,Eo = −CD,Eoρh(Eo− 1)
dεg

dr
(10)

CD,Eo =
{

0.0015 forEo> 1

0 for Eo< 1
(11)

Considering the balance of the lateral forces yields

εg(FL + Fw)+ FD + FD,Eo = 0 (12)

The radial of the gas holdup can be calculated from the
following equation:

0.1k + CD,Eo(Eo− 1)
dεg

dr
+

(
CTUslip

dul

dr
+ Cw

dB

2

×
(

1

(R− r)2
− 1

(R+ r)2

)
U2

slip

)
εg = 0 (13)

To solveEq. (13), the distribution of turbulent kinetic energy
is needed. Provided that the liquid velocity has only an axial
component, the turbulent energyk satisfies the following
balance equation according to thek–ε model:

d(ρhkul)

dr
= d((µt/σ)(dk/dr))

dr
+ Pk − ρhε+ Sk (14)

with the turbulence production termPk [28]:

Pk = µt

(
dul

dr

)2

(15)

and the bubble induced turbulence termSk, which has im-
portant impact on the correctness of simulation results[33]:

Sk = 0.25(1 + C
4/3
D )ρhεg

U3
slip

dB
(16)
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Combination ofEqs. (14)–(16)yields the distribution ofk.
The turbulent viscosityµt is calculated using the method
given below.

In the vertical pipe flow, the ratio of the shear stress acting
on the circumferential surface atr to the wall shearτw can
be determined from the force balance:
τ

τw
= r

R
(17)

The turbulent viscosity can be determined by the following
equation with a given liquid velocity profile, which was
measure with the Laser Doppler Velocimeter (LDV) in our
previous work[34]:

τ = −(µh + µt)
dul

dr
(18)

The wall shear stressτw is calculated by Brodkey et al.[35]:

τw = 1
2fρhU

2
l (19)

whereUl is the superficial liquid velocity, andf the friction
factor which can be determined from the Blasius equation
[36]:

Ul = 1

πR2

∫ R

0
2πrul(1 − αg)dr (20)

f = 0.0791Re−0.25
h (21)

The radial profile of the gas holdup is calculated by an it-
erative procedure. The iteration starts from a uniform dis-
tribution of the gas holdup, and the radial profiles of turbu-
lent viscosity and turbulent kinetic energy are calculated for
this gas holdup profile. Then the radial profile of gas holdup
is calculated according toEq. (13), and is used for a new
calculation of the radial profiles of turbulent viscosity and
turbulent kinetic energy.

5. Results and discussion

5.1. Influence of the gas distributor

The radial profiles of the gas holdup measured in the
developed section with the two types of gas distributor are
shown inFig. 2. It can be seen that the gas holdup increases
with the superficial gas velocity.

Core-peaking radial profile of the gas holdup was found
in case 2 due to the large bubbles generated by the perfo-
rated plate. The gas holdup profiles are relatively flatter in
lower superficial gas velocities, and become more and more
parabolic with an increase in the superficial gas velocity,
Differently, the radial profile of the gas holdup in case 1 was
much flatter than that in case 2 in all superficial gas veloc-
ities, with a small wall peak at low superficial gas veloci-
ties which is more obvious inFig. 6. This indicates that the
porous sinter distributor can distribute the gas phase radially
much better than the perforated plate distributor. According

Fig. 2. Comparison of radial gas holdup profiles in case 1 and case 2,
H = 4.6 m.

to Tomiyama[30], the gas holdup profiles of a gas–liquid
system in a vertical pipe can be classified into two types,
i.e. the wall-peaking and the core-peaking, depending on the
bubble size, therefore the bubble size is a key factor that
determines the radial profile of the gas holdup.

It should be pointed out that the wall peaks in case 1 are
smaller than that reported by Kataoka et al.[25]. This dif-
ference can be attributed to the larger scale of the reactor
employed in our study. One the one hand, the velocity gra-
dient in the large-scale reactor is lower[19], therefore the
lift force towards the wall is smaller according toEq. (1).
On the other hand, the turbulent fluctuation in a large reac-
tor is much higher than that in the small-scale one, there-
fore the turbulent dispersion force, which tends to smooth
the radial profile of the gas holdup, is larger according to
Eq. (9) in a large reactor. The influence of the reactor scale
on both the lift force and turbulent dispersion force weak-
ens the wall peak of the gas holdup radial profile in a large
scale reactor. The cross-section averaged gas holdup in case
1 is larger than that in case 2 in the same superficial gas ve-
locity, which is due to the smaller bubbles generated by the
porous sinter plate.

Fig. 3compares the bubble sizes between the two cases. In
general, the bubble sizes are much smaller in case 1 than in

Fig. 3. Comparison of radial profiles of the bubble size in case 1 and
case 2,H = 4.6 m.



J. Lin et al. / Chemical Engineering Journal 102 (2004) 51–59 55

Fig. 4. Comparison of bubble size PDF in case 1 and case 2,H = 4.6 m.

case 2 due to the smaller holes in the porous sinter plate, in-
dicating a better distribution performance of the porous sin-
ter plate. In case 1, the bubble size increases with an increase
in the superficial gas velocity, which is consistent with the
results of Nicol et al.[37]. This is because the initial bubble
size generated by the porous distributor increases with an
increase in the superficial gas velocity, and the bubble coa-
lescence is also enhanced with increasing bubble numbers.
The influence of the superficial gas velocity on the bubble
size is not remarkable in case 2. It is shown by Snape et al.
[21] that hydrodynamic parameters change little at low gas
velocity when distributor hole is between 1 and 3 mm. The
radial profiles of the bubble Sauter mean diameter are dif-
ferent for the two cases. In case 1 bubbles near the wall are
slightly larger than those in the central region; while in case
2 bubbles in the central region are slightly larger than those
in the near-wall region. As discussed earlier, the transverse
lift force, the value and direction of which are dependent
on the bubble size has influence on the radial movement of
bubbles and the radial profile of the bubble size. Another

Fig. 6. Axial evolution of the radial profile of the gas holdup in both cases.

Fig. 5. Comparison of the radial profiles of the bubble rise velocities in
case 1 and case 2,H = 4.6 m.

more important influence on the radial profile of the bubble
size is the bubble coalescence and breakup. In fact, the bub-
ble size distribution is mainly determined by the equilibrium
between bubble coalesce and breakup. This equilibrium is
influenced by gas holdup and liquid turbulent kinetic energy
dissipation rate. In general, an increase in the gas holdup
enhances the bubble coalescence, which in turn causes an
increase in the average bubble size. Therefore, the different
radial profiles of the gas holdup in cases 1 and 2 are con-
sidered to be the main reason for the different radial profile
of the bubble size. Similar result was reported by Liu and
Banko[38] and Ohnuki and Akimoto[39]. They also found
that the bubble size increased towards the wall when the gas
holdup had a wall-peaking profile and decreased towards the
wall when the gas holdup had a core-peaking profile.

In Fig. 4, the bubble size distributions in the center of the
riser are shown. The size distributions have a smaller stan-
dard deviation in case 1 than in case 2 due to a better distri-
bution performance of the porous sinter plate. In case 1, the
fraction of the large bubbles increases due to the bubble co-
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Fig. 7. Axial evolution of the radial profile of the bubble size profiles in case 1.

alescence with an increase in the superficial gas velocity. On
the contrary, in case 2 the bubble size distribution does not
change remarkably with the superficial gas velocity, which
is probably due to the wide distribution of initial bubble size
in the distributor region.

The radial profiles of the bubble rise velocity for cases 1
and 2 are shown inFig. 5. It should be pointed out that the
bubble rise velocity in this work is the absolute bubble ve-
locity which equals to the bubble slip velocity plus the local
liquid velocity. When the superficial gas velocity increases,
the bubble rise velocity increases more remarkably in the
central region than in the near-wall region. The bubble rise
velocities in case 1 are smaller than that in case 2, especially
in the central region, due to the large bubbles in case 2.

Fig. 8. Axial evolution of the radial profile of the bubble velocity in both cases.

5.2. Axial evolution of hydrodynamic parameters

Fig. 6shows the axial evolution of the gas holdup in both
cases. In case 2 the radial profiles of the gas holdup are
core-peaking; while in case 1 the gas holdup profiles are
much flatter with a small peak near the wall. According to
the experiments by Camarasa et al.[40] in a bubble column,
the bubbles generated at the distributor were almost had the
same size as the bubbles some distance away from the bot-
tom, indicating that the generated bubbles did not coalesce
immediately due to the intense turbulence near the distrib-
utor region. Therefore, we can conclude that the difference
between the two cases is due to different distribution perfor-
mance of the two types of distributor. The radial profiles of
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the gas holdup change in both cases along the axial direction:
the radial profiles of the gas holdup lose their wall peaks
in case 1 and become more and more parabolic in case 2.
Based on the model proposed in this work, these changes are
mainly due to an increase in the bubble size and a change in
the radial profile of the liquid velocity. Under the conditions
in this study, bubble coalescence is dominant compared with
bubble breakup as the kinetic energy of the turbulent eddies
are relatively low. Therefore, in case 1 the bubbles become
larger and larger when rising up due to bubble coalescence

Fig. 9. Comparison of the experimental and the model predicted results in both cases. Symbols: experimental; solid lines: calculated values withSk ; dot
lines: calculated values withoutSk .

and gas expansion, as shown inFig. 7, which in turn weak-
ens the peak near the wall. Wall-peaking profile of the gas
holdup in case 1 can hardly be seen near the top of the reac-
tor at the superficial gas velocity of 0.016 m/s. In the system
of this work, wall-peaking profile of the gas holdup appears
when the bubble Sauter diameter is below 3.7 mm. In case
2, the variation of the bubble Sauter mean diameter along
the axial direction are not remarkable, as shown inFig. 7.
This may be due to the wide distribution of the initial bubble
size. Therefore, the axial evolution of the gas holdup radial
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profile is mainly influenced by the liquid velocity, which
becomes more parabolic along the axial direction[34].

The axial evolutions of the radial profile of the bubble ve-
locity in both cases are shown inFig. 8. It can be seen that
the difference in the bubble rise velocity in the two cases
is not as remarkable as in the gas holdup and bubble size.
The bubble velocity is depended on the local liquid veloc-
ity and bubble slip velocity. Since the bubble slip velocity
changes slightly in the bubble size range of this work, the
bubble rise velocity is mainly dependent on the local liquid
velocity. The radial profile of the liquid velocity is always
parabolic in a gas–liquid vertical pipe flow; therefore the ra-
dial profile of the bubble rise is also parabolic as well. From
Fig. 8, it can be seen that in both cases the bubble velocities
decrease between the height of 0.8 and 2.4 m and then be-
gin to increase. The decrease of bubble velocity at the lower
section is caused by liquid acceleration after flow reverse
at the reactor bottom, while in the higher section the bub-
ble velocity increases due to an increase in the bubble size
caused by bubble coalescence and gas expansion.

6. Model prediction

The predicted radial profiles of the gas holdup in both
cases are shown inFig. 9. A good agreement is obtained
between the predicted and measured values, including the
core-peaking and the wall-peaking profiles. This agreement
confirms the dependence of the lateral forces on the bub-
ble size. From the results, we can see the importance of
bubble-induced turbulence termSk. Good agreement was not
obtained when ignoringSk, as shown by Vial et al.[17] and
Lucas et al.[28], who found an inaccuracy of the models due
to an underestimate of the turbulence in thek–ε equations.

7. Conclusions

A detailed description of the local hydrodynamic behavior
has been obtained in the riser of an external loop airlift
reactor with two types of gas distributors: perforated plate
and porous sinter plate. The results are valuable for a better
understanding of the hydrodynamics in EL-ALRs and can be
used for the validation of CFD simulations. It was found that
the porous sinter plate could distribute the gas phase much
better. Wall-peaking profile of the gas holdup was found in
low superficial gas velocities when a porous sinter plate was
used as the gas distributor; while core-peaking profile was
found in all superficial gas velocity with a perforated plate.
It was the different bubble sizes that led to the two types
of the radial profile of the gas holdup. Wall-peaking profile
of the gas holdup is more obvious in a small-scale reactor
due to the larger liquid velocity gradient and less turbulent
fluctuation. A model based on the equilibrium of lateral
forces acting on a bubble was proposed to describe the radial

profiles of the gas holdup and good agreement between the
experimental and predicted results was obtained.
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